








Reaction (6) shows the final and exothermal formation of some α-phase alumina, the only 
thermodynamic stable alumina phase.  
 

γ-Al2O3 → ρ-, χ-, γ-, δ-, Ѳ- , α-Al2O3    (6) 
 
In view of the above it is perceivable that the Phase Transformation path of Gibbsite 
dehydration follows the "red-lined" path indicated in Figure 6.  
 

 
Figure 6. Phase transformation path of Gibbsite dehydration in GSCs. 

 
Consequently, the previously 100 % Gibbsite dehydration reaction path via Boehmite assumed 
by FLSmidth for many years, is no longer valid. Since most of the SGA formed is X-ray 
amorphous, by-passing the Boehmite phase, this will also have impact on the endothermal 
energy of calcination [6].  
 
SGA from a GSC Unit comprises mainly X-ray amorphous alumina phases (~ 90%), which is a 
highly disordered structure, beneficial for the dissolution process in the smelters [12]. 
 
3.  Combustion Fundamentals - Net Heating Value and Air to Fuel Ratio 
 
The heat for calcination is provided by the combustion of fuel in the Calciner Furnace, PO4. 
The fuel is introduced in the inlet duct to the calciner furnace through burner nozzles located on 
the diameter of the inlet duct. See Figure 7. 
 

  
Figure 7. Arrangement of burner nozzles (lhs).    Coal gas burner nozzles (rhs). 
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Production of alumina by calcination requires a relatively pure fuel with respect to solids ruling 
out almost all solid fuels. Combustion of Methane, CH4, is discussed in some detail below to 
illustrate the general concept of the Low or Net Heating Value, ΔHNHV, of the fuel being used: 
 

CH4  (g) + 2O2 (g) = CO2 (g) + 2H2O (g) + ΔHNHV    (7) 
 

Since all calciners operate with a stack temperature in excess of 100 oC, the water formed 
during combustion (and calcination) leaves the stack as water vapor. This means that only the 
Low or Net Heating Value, ΔHNHV, of the fuel is available for the calcination process. 
 

2H2O (g) = 2H2O (l) + ΔHCond.                (8) 
 

If the water vapor is condensed, then the heat of condensation, ΔHCond.is released in addition to 
Net Heat Value, ΔHNHV: 
 

CH4  (g) + 2O2 (g) = CO2 (g) + 2H2O (l) + ΔHNHV + ΔHCond.  
 (9) 

 
Adding reaction (7) and reaction (8), and thus adding the Low or Net Heat Value, ΔHNHV, of the 
fuel and the heat of water vapor condensation, ΔHCond. the High or Gross Heating Value of the 
fuel is obtained: 

ΔHHHV = ΔHGHV = ΔHNHV + ΔHCond.      (10) 
 

The heat recovered by condensation of the water vapor (Vol. - % H2O) in the combustion 
products at 1 bar pressure and 25 oC is:  
 

ΔHCond. = 585 * Vol - % H2O* voz  * 18/2240 [kcal/Nm3Fuel Gas]     (11) 
 
Table 3 shows some typical fuel data for selected fuel gasses and HFO [7], where the difference 
between Net and Gross Heating Values between HFO and Natural Gas are clearly demonstrated. 
 

Table 3. Stoichiometric air demand, combustion products and heat of combustion. 
Fuel vol (Air) CO2 H2O N2 voz  (Gas) ΔHNHV ΔHGHV ΔHG 

/ΔHN 
Unit Nm3/Nm3 Vol% Vol% Vol% Nm3/Nm3 kcal/Nm3 kcal/Nm3 - 
CH4 9,57 9,5 18,9 71,6 10,57 8560 9499 1,110 
Nat. Gas 9,71 10,1 18,3 71,6 10,76 8750 9676 1,106 
Coal Gas 1,21 17,4 8,5 74,1 2,02 1375 1456 1,059 
HFO 10,68 (*) 14,4 10,8 74,8 11,29 (*) 9680(**) 10253(**) 1,059 

(*) Nm3/kg, (**) Kcal/kg 
 
Any modern and safe calcination system is equipped with a Burner Management System (BMS) 
to supervise safe combustion conditions in the plant by calculating and monitoring the minimum 
safe operating Air-to-Fuel Ratio (AFR) from measured flow rates of air for combustion and fuel 
flow [2].  
 
The minimum safe AFR is defined as follows: 
 
Min. Safe AFR > Stoichiometric Air Requirement + 5% = 1.05 * vol = AFR Trip Condition (12) 

 
Minimum Operational AFR > AFR Trip Condition + 5% = AFR Alarm Point           (13) 

 
As an example, using the value for natural gas in Table 2 we find: 
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Operational AFR > 9.71 × (1.05) × (1.05) = 10.7 (Nm3 Air / Nm3 Natural Gas) 
 

Due to the important safety function of the BMS, air and fuel flow into the calciner furnace, 
PO4, is measured continuously with the required accuracy and redundancy to safely guard 
against explosion risk at all times. 
 
4.  Factors Important for Low Specific Thermal Energy Consumption in Calciners 
 
Thermal energy consumption in stationary calciners represents a significant part of the overall 
thermal energy consumption of any alumina refinery (e.g. 37–38 % at Alunorte, Brazil [8]).  
 
Consequently, a basic understanding of the elements of the thermal energy balance for calciners 
and the significance of each element is vital for understanding and minimizing the thermal 
energy consumption of calcination. Below some of the major factors are discussed. 
 
With reference to the list of symbols, the steady-state heat balance for the GSC can be 
formulated (see List of Symbols): 
 
        hDΔhHyd +wΔhwl +aΔhAiR + K = gΔhGas +wΔHCond. +dΔhDust +ΔhSGA+ ΔHCalcin. +qLoss        (14) 
 
The heat balance is expressed per ton or kg of SGA produced as per equation (14), within the 
GSC battery limits shown in Figure 8. From Figure 8 it shall be noted that the heat recovered by 
the cooling water from indirect cooling of the alumina in the FBC, is not included. 
 

 
Figure 8. Battery limits for calcination mass and heat balance calculations. 

 
There are three major factors in minimizing thermal energy consumption in calciners:  
 
(i) Steady-state operation;  
 
(ii) Number of gas-to-solid / solid-to-gas Direct Heat Transfer (DHT) stages, and;  
 
(iii) Design and installation of a cost efficient refractory lining.  
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The first factor of importance is to operate the calciner at steady state rather than in a non-
steady state. In Figure 9, a steady state operating calciner shows little potential for reducing the 
specific energy consumption (SpEC) [2], when compared to un-steady state operation during 
commissioning of the GSC unit at Plant A.  
 

 
    Figure 9. Steady state GSC operation.        Un-steady state GSC at commissioning. 

 
The second factor is to design with maximum economical number of gas-to-solid / solid-to-gas 
Direct Heat Transfer (DHT) stages for pre-calcination and heat recovery from hot alumina 
discharged from the Holding Vessel in the Furnace Cyclone, HVO3.  
 
 

  
 

Figure 10. Four (4) direct heat recovery stages [13]. 
 

Of these, the latter design criteria is the most important for the cyclone cooler section owing to 
the large amount of heat of calcination consumed in the pre-calcination stage, PO2.  
 
In Figure 10(b), the four (4) stage cyclone cooler, CO1 - CO4 is illustrated and in Table 4 
below, the theoretical impact of number of DHT stages for heat recovery N, is calculated [9]. 
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Table 4. Impact of number of DHR stages. 

 
 

The theoretical thermal efficiency, ηHEX (%), increases with number of DHT stages N, in stage 
wise counter current flow of air and alumina, see (b) in Figure 10 [13].  
 
Assuming a gas-solid heat-capacity-flow ratio, φ = 1, an inlet air temperature, Tgi = 25 oC, and 
an alumina discharge temperature from the fluid-bed cooler, TFBC = 80 oC, the alumina inlet 
temperature to the fluid-bed cooler, TN,  pre-heat temperature of the air for combustion, T1, and 
heat loss to the fluid bed cooling water, QFBC, can be estimated in response to different cooler 
designs (N) and operating calcination temperature, Tsi, in the Holding Vessel in the Furnace 
Cyclone, HVO3, assuming adiabatic condition.  
 
For N = 4, it is seen that lowering the calcination temperature, Tsi, with approximately 150 oC 
by introducing a Holding Vessel (Figure 3, rhs), lowers the heat loss from alumina to the fluid-
bed cooling water by nearly (141 - 114) / 141 = 19 %. Compared to calciners designed with 
only 2 or 3 direct gas-solid heat recovery stages only, the theoretical heat loss with alumina to 
the fluid-bed cooling water is significantly higher. 
 
The third factor of importance is an economic refractory design to minimize heat loss to the 
surroundings. From an operational point of view, the heat balance of the refractory lining is 
always in a dynamic state. This is due to the changing ambient conditions over each 24 hour 
day, 365 days a year, regardless of the GSC process being operated at steady state itself. For 
this, and a number of additional reasons to be discussed below, it is impossible to design a 
refractory lining to the same minimum specific heat loss value at all times. 
 
The surface heat loss from the surface of the calciner plant equipment, ducts and piping, qLoss , 
comprises three (3) elements; Radiation, Forced and Natural Convection losses expressed in kJ 
per kg Alumina: 

qLoss  = ΣqRadiation + ΣqForced Convection + ΣqNatural Convection      (15) 
 

The main complexities involved are: 
 

i. Constant unsteady-state heat balance of all of the refractory lined vessel and duct 
elements; 

ii. Complicated fluid-dynamics around the calciner vessels, ducts and pipes; 
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iii. Hot spots formed by refractory anchors in refractory lined vessels and ducts (Figure 
11); 

iv. Complicated geometry and radiation exchange pattern between the vessels and ducts; 
v. Extended heat transfer surface area of vessels and ducts by plate stiffeners and 

connecting flanges; 
vi. Use of stainless steel needles in selected refractory areas increasing the effective 

thermal conductivity of the refractory lining; 
vii. Quality of refractory materials selected, their installation and dehydration before the 

application; 
 

 
Figure 11. Infrared thermography survey showing a complex heat loss situation. 

 
The calculation of each of the of the above heat loss contributions is well understood, but can 
only be done by using a number of very simplifying assumptions. Consequently, it makes little 
sense to do very detailed theoretical surface temperature calculations or make direct surface 
temperature measurements for heat loss estimation, rather than rely on experience.  
 
5.  Operational Experience and Thermal Energy Consumption Comparison 
 
Table 5 below shows selected comparative mass and heat balance data for GSC plants A, B and 
C. The main columns for each plant are: GSC Design, reported operating GSC Plant Data and 
simulation of GSC Mass and Heat Balances (M&H Bal.) performed by FLSmidth.  
 

Table 5: Comparative Mass & Heat Balance data for Gas Suspension Calciner units. 

 
 
The methodology for simulation/calculation of GSC Mass and Heat Balances was as follows: 
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1. Plant Data was maintained as reported by the GSC plant.  This included; LOI of 
Alumina and free moisture of hydrate feed, fuel rate and specific heat consumption (if 
calculated), air intake rate (or measured Oxygen level) and measured temperature 
profile.  
 

2. The calculated /simulated temperature profile from stage wise Mass and Heat Balances, 
were matched with measured plant temperatures by adjusting the specific surface heat 
lost from each stage of the GSC unit and the calcination capacity. 
 

The production of alumina is seldom weighed directly, but calculated from a standard specific 
heat consumption applied to all calciners at the refinery, or calculated from the measured wet 
hydrate feed rate, moisture content and LOI of the smelter grade alumina. Very often the 
hydrate feed weigh belt has not been calibrated recently, so both of the above methods are rather 
uncertain. Neither has the specific energy consumption been determined for each individual 
calciner unit. 
 
However, the measured temperatures are relatively accurate, subject to correct installation in the 
first place and regular maintenance over time. 
 
As a result of the simulations the following can be observed: 
 
Plant A Data vs M&H Balance: Higher calcination rate of 3192 tpd reported versus 3157 tpd 
calculated; 
 
Plant B Data vs M&H Balance: Lower calcination rate was calculated based on applying an 
"average specific heat consumption" of 2718 kJ/kg SGA for all operating calciners in the 
refinery rather than  the specific heat consumption of 2671 kJ/kg SGA calculated for the 
simulated GSC unit;   
 
Plant A and B Design vs Plant Data: Very conservative (high) exit gas and alumina 
temperatures were accepted during design resulting in estimated excessive sensible heat losses 
with exhaust gas and alumina; 
 
M&H Balance vs Design: Higher surface heat losses than used during design were partly 
compensated by lower sensible heat losses and heat of calcination from revised calcination 
model. The Design specific thermal energy consumption exceeds the realized values by 4-5%. 
 
In view of the above, it can be concluded that further reduction in specific thermal energy 
consumption of GSC units can be achieved by improved refractory design and thus lower 
surface heat losses. 
 
6.  Capacity Upgrade with Reduction of Specific Thermal Energy Consumption  
 
In 1991, FLSmidth Minerals was the first to start-up GSC units using coal gas as fuel at the 
Shanxi Aluminium Plant in China [10]. This was so successful that many different Chinese 
companies have built many more copies of GSC units [11] than the nine GSC units (820 - 1900 
tpd), supplied by FLSmidth Minerals to China since 1987. 
 
The Plant Data for Plant C in Table 5 is from a Chinese copied GSC unit fired with coal gas. 
However, the copied FLSmidth GSC unit (supplied to Zhengzhou, 1991, [10]) was designed for 
HFO, but copied without making appropriate design changes to critical vessel and duct 
dimensions.  
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Comparing Plant Data with M&H Balance data from Plant C, it can be seen that the calcination 
capacity achieved is 10 % less than predicted (1848 vs 2047) and the specific thermal energy 
consumption is 11 - 12 % higher than estimated (3369 vs 3021) for an FLSmidth designed GSC 
unit for Coal Gas firing.  
 
Furthermore, there seems to be a significant potential for retrofitting the copied GSC units with 
a Holding Vessel and FD - Fan for adding more air for combustion and thus capacity.  
 
If a capacity upgrade is decided, the calcination rate of the retrofitted GSC units can be 
increased from 1848 tpd to about 2427 tpd or about 31 %, while the specific thermal energy 
consumption can be reduced from 3369 KJ/kg SGA to 2845 KJ/kg SGA or a reduction of about 
16 % on NHV basis. 
 
7.  Conclusion 
 
In view of the above the below conclusions are suggested: 
 

i. GSC Units designed with a fluidized Holding Vessel lower the Specific Thermal 
Energy Consumption without taking any credits for heat recovered by cooling water; 

ii. Gas Suspension Calcination of Bayer Hydrate results in SGA with highly disordered, or 
X-ray amorphous alumina phases, beneficial for the dissolution process; 

iii. Steady-state GSC operation, design with four stages of direct heat recovery and 
optimized refractory design points to a minimum Specific Thermal Energy 
Consumption; 

iv. Retrofitting a GSC Unit with fluidized holding vessel suggests a significant increase in 
Alumina productivity at significant lower Specific Thermal Energy Consumption. 

 
8. List of Symbols 
 
a = Air intake rate (Nm3/ Kg Al2O3); 
d = Dust recycle rate (Kg/Kg Al2O3); 
f = Fuel intake rate (Nm3 Fuel Gas/ Kg Al2O3) or (Kg HFO/ Kg Al2O3); 
g = Exhaust gas flow from cyclone PO1 (Nm3/ Kg Al2O3); 
hD = Dry hydrate feed fate (Kg/Kg Al2O3); 
K= f (ΔhFuel+ΔHNHV), is the specific thermal energy consumption in KJ/Kg or MJ/Ton SGA; 
qForced Convection = Heat loss by forced convection (KJ/ Kg Al2O3); 
qLoss  = Sum of heat losses by radiation, forced and natural convection (KJ/ Kg Al2O3); 
qNatural Convection = Heat loss by natural convection (KJ/ Kg Al2O3); 
qRadiation = Heat loss by radiation (KJ/ Kg Al2O3); 
w = moisture in hydrate (Kg/Kg Al2O3); 
ΔhAiR = Specific Enthalpy (sensible heat) of ambient air plus air from Fluid Bed Cooler 
(KJ/Nm3); 
ΔHCalcin = Enthalpy of Calcination KJ/ Kg Al2O3 at 25oC and 1 bar absolute pressure; 
ΔHCond.= Heat of water vapor condensation/evaporation at 25oC and 1 bar absolute pressure; 
ΔhDust = Specific enthalpy (sensible heat) of dust recycled to cyclone CO2 (KJ/ Kg Al2O3); 
ΔhFuel  = Specific enthalpy (sensible heat) of moist fuel in (KJ/Nm3 Fuel Gas) or (KJ/Kg HFO); 
ΔhGas = Specific enthalpy (sensible heat) of moist exhaust gas (KJ/Nm3 Gas); 
ΔhHyd = Specific enthalpy (sensible heat) of dry hydrate (KJ/ Kg Al2O3); 
ΔHNHV = Net Heating Value of fuel in (KJ/Nm3 Fuel Gas) or (KJ/Kg HFO) at 25oC and 1 bar 
absolute pressure; 
ΔhSGA = Specific enthalpy (sensible heat) of SGA discharged from cyclone CO4 underflow (KJ/ 
Kg Al2O3); 
Δhwl = Specific enthalpy (sensible heat) of water in dry hydrate (KJ/ Kg H2O); 
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Δhx = ʃ Cpx(T)dT from To= 298o Kelvin to To Kelvin, is the specific single phase enthalpy of a 
single component i.e.water (Δhwl) or gas mixture, i.e. like air (ΔhAir) or gas products from 
combustion, evaporation and calcination, (ΔhGas). 
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